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Abstract

Integration of reaction and separation has experienced fast progress in this decade because it provides a convenient way of
alleviating kinetic and/or thermodynamic constraints usually present in the more traditional sequential configuration (where reaction
is followed by separation), which limit the extent of reaction and also the purity of the products obtained thereby. The aim of this work
was to quantitatively compare the final recovery of a desired product in an integrated processing unit and in a sequential one, in the
case of a unireactant/uniproduct reaction occuring in an (ideal) liquid phase with separation via liquid/vapor equilibrium. The
objective function was set as the local temperature which maximizes the recovery of product in the vapor phase leaving the integrated
unit or the separator (as appropriate). It was concluded that (i) the optimum temperature looks as a local maximum for the integrated
system and as a global maximum for the sequential one, (ii) it strongly depends on the equilibrium constant of the reaction in question
and (iii) it assumes lower (and economically feasible) values only in the case of the integrated unit.
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1. Introduction

Employment of chemical reactions in obtaining a
certain compound with a predefined degree of purity
from a given reaction mixture classically demands sub-
sequent downstream separation of the desired product
from the unreacted feedstock and other by-products.
This situation arises because thermodynamic and/or
kinetic limitations raise upper limits for the extents
of conversion by chemical reaction, so a compromise
between yield and purity of the desired product is to
be achieved. On an industrial setting, such downstream
separation frequently accounts for most of the final
costs associated with the manufacture of said product
due to the considerable amounts of energy and overall
size of apparata required, and these costs are higher
when the purity specifications of the product are
stricter.

In order to improve effectiveness of separation and
hence reduce global costs, the possibility of continuously
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removing the product(s) formed during reaction has
been under scrutiny, and the latest two decades have
seen a world-wide trend towards integration of reaction
and separation as simultaneous steps, rather than as
sequential ones (e.g. Laane et al, 1987, Tramper
et al., 1992; Paiva and Malcata, 1997a,b,1999; Paiva
et al, 1998,1999). Such approaches encompass (but
are not limited to) integrated liquid-liquid systems
(Cabral, 1991; Bart et al., 1992; Roychoudhury et al.,
1995), integrated vapor-liquid systems (Davies and
Jeffrey, 1973; Hills et al., 1990; Sundquist et al., 1991;
De Garmo et al., 1992; Paiva and Malcata, 1994,
1996; Xu and Chuang, 1996), integrated supercritical
fluid systems (Marty et al, 1992,1994), integrated
solid-liquid systems (Martinek et al., 1989; Matsumura,
1991; Strathmann and Gudernatsch, 1991; van der
Wielen et al, 1993,1996; van der Padt et al, 1996;
Jansen, 1996; Jansen et al., 1996; Mazzotti et al.,
1996) and integrated solid-gas systems (Takeuchi and
Uraguchi, 1977; Parvaresh et al, 1992; Groot et al,
1992; Kemp and Macrae, 1992). A comprehensive
review of application of integration in biochemical
processes has been provided elsewhere (Paiva and
Malcata, 1997c).



The integrated approach, which is claimed to allow
achievement of higher yields by preventing thermodynamic
equilibria to be attained, was proven (Paiva et al., 1998)
to decrease kinetic limitations via prevention of bulk
mixing of product with (unreacted) reactant, because
physical separation is achieved on the molecular level
right after chemical reaction has taken place. However, it
was also demonstrated that, if the overall process (i.e.
reaction plus separation) rather than only a part of it (i.e.
reaction) is considered, integration does not provide
a true thermodynamic enhancement (Paiva and Malcata,
1997a).

Although modelling reaction and separation in integ-
rated form is more complex than modelling said phe-
nomena independently due to the considerably higher
technical complexity of the former process, the actual
decrease in the total manufacturing cost of the product
owing to lower reaction times (and thus lower capital
investments in smaller reactors able to effect a given
conversion of reactant) coupled with separation to
a higher extent (and thus lower separation costs in a pos-
teriori less intensive separation processes) may eventually
overcome the drawback associated with the aforemen-
tioned more difficult prediction. This communication
aims at quantitatively addressing, on a theoretical
basis, the difference in final recovery of a desired
product when the performance of an integrated opera-
tion unit is compared with that of a sequential one,
in the case of a reversible reaction with 1:1 stoichiometry
that occurs in a liquid phase behaving as a truly ideal
solution in terms of liquid/vapor equilibrium. Select-
ion of a simple binary system rather than a ternary
(possibly dilute) solution agrees with the current trend
towards substitution of dilute solutions by solvent-free
mixtures, thus increasing concentration of reactant
to the highest possible level, and consequently obtain-
ing a higher degree of conversion while avoiding more
difficult downstream separation problems. A good
example of one such reaction and system is the isomeriz-
ation of 2-ethyl-1,3-dibutyl-glycerol into 3-ethyl-1,2-
dibutyl-glycerol, which may be catalyzed either by
sodium methoxide or by lipases in water-free conditions.
The importance of such reaction lies on the fact that
only the outer side chains of such triglycerides (i.e.
positions denoted as sn-1 and sn-3) are attacked by the
enzymes of the human digestive tract, so only the acid
residues at sn-1 and sn-3 will enter the metabolic path-
ways. If 2-ethyl-1,3-dibutyl-glycerol is isomerized into
3-ethyl-1,2-dibutyl-glycerol, then one less butyric acid
will be released and therefore have a chance to eventually
accumulate in the adipose tissues, a process often taken
as unhealthy.

In this study, the objective function was defined as to
maximize recovery of product in the vapor phase that
leaves the integrated unit or the separator (as appropri-
ate) in an isolated overall setting.

2. Mathematical development

In order to assess the differences in final recovery of
a desired product from a given reactant, two alternative
isenthalpic configurations will be considered as a basis
for the mathematical derivations: (a) a chemical reactor
integrated with a liquid/vapor separator (where vapor-
ization occurs concomitantly with reaction); and (b)
a chemical reactor (where a reaction takes place in the
liquid phase) followed by a liquid/vapor separator. These
two configurations are depicted in Fig. 1, and will here-
after be denoted as RS and R + S, respectively. In both
situations (i) the product is assumed to be more volatile
than the reactant, and (ii) the heat generated in the
(exothermic) reaction step is simultaneously (or sequen-
tially) used in full for the (endothermic) vaporization;
therefore, the overall system behaves as isolated, irre-
spective of the actual configuration. Comparison of the
performance of the two configurations will be made in
terms of the temperature at which the maximum recovery
of product in the vapor phase at the outlet of the RS and
R + S configurations occurs. All the mathematical devel-
opment that follows will, therefore, be laid out so as to
couple, for each configuration studied, all the mass bal-
ances and equilibrium equations into a single expression
containing the fewest possible independent variables. In
our case, only one such variable exists, and choice of
temperature to play that role was based on the realiz-
ation that temperature is the economic cost one has to
pay in order to achieve the desired yield of product in the
separation process based on vaporization.

2.1. Integrated reaction and separation (RS)

Assume that a simple, reversible chemical reaction
occurring in liquid phase is stoichiometrically described
by the following chemical equation:

A2 B, (1)

Fig. 1. Alternative configurations for the reactor and separator setup:
(a) integrated (or RS) and (b) sequential (or R + S). Mass flows
(( - ) annd heat flows (——») are also indicated.



where A denotes the reactant and B the product. Assum-
ing that such binary system is an ideal solution from
a thermodynamic point a view, then the chemical equilib-
rium should be described by

Keo{T} = jf— 2)

where x4 and xp denote the mole fraction, in the liquid
phase, of A and B, respectively, and T denotes the abso-
lute temperature. The definition of mole fraction in a bi-
nary mixture, which implies that

X4+ xp=1 A3)
allows Eq. (2) to be algebraically rearranged to yield

1
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Recalling van’t Hoff’s law for the variation of the equilib-
rium constant with absolute temperature (Smith and van
Ness, 1987), i.e.

dIn (K,{T}} _ AW'(T}
dT ~ RT?

)

where Ah’{T} denotes the standard enthalpy change of
reaction at temperature T using pure A and B at the
pressure of 1 atm as reference (with Ah’{T} < 0), and
assuming that Ah’{T} is essentially constant in the tem-
perature range of interest (which is a consequence of
assuming equal heat capacities of both reactant and
product), integration of Eq. (5) leads to
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where T? denotes a reference (arbitrarily selected) tem-
perature, which, for the sake of simplicity, can be taken as
the (average) room temperature (i.e. 298 K). The calcu-
lation of the equilibrium constant at such reference tem-
perature may then proceed via

Ag*{ TG}},

RT’

K (T} =exp { - ()
where Ag?{T?} is the standard Gibbs’ free energy change
of reaction at the aforementioned reference temperature.
Combination of Egs. (6) and (7) gives
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where advantage was taken from the fundamental prop-
erty relationship, and

AG{T®) = AR{T") — T°As'{T"), 9)

where As®{ T} is the standard entropy change of reaction
at temperature T°. Combination of Egs. (4) and (8)
leads to

1
YT explAS{T°}/R} exp { — AR{T"}/RT}’

(10)

In the sequence of the reasoning explained above con-
cerning ideal behavior, the liquid/vapor equilibrium
should be described by Raoult’s law, viz.

XAPZ{T}:}/AP, (11)
and
XB PE{T} = yp P, (12)

where y, and yp denote the mole fraction, in the
vapor phase, of A and B, respectively, P denotes absolute
pressure, and P%{T} and P3{T} denote the saturation
pressure of A and B, respectively, at the given temper-
ature. Recalling again Eq. (3) coupled with its vapor-
phase counterpart, viz.

yatyp=1 (13)
and combining Egs. (11) and (12), one obtains

P = P3{T} + (PA{T} — P3{T})x, (14)
Using Eq. (14) allows Eq. (11) to read

_ Pi{T}XA
PR{T} + (PA{T} — PR{T})x4

Va (15)

If reaction equilibrium conditions prevail in the liquid
phase, which is simultaneously in equilibrium with the
vapor phase (as implied by configuration RS), then
Egs. (4) and (15) may be combined to give

_ PA{T}
- PA{T} + PR{T}K (T}

Va (16)

Hence, the composition in A of both the liquid and
the vapor phase, as depicted in Egs. (4) and (16), respec-
tively, depends (solely) on the actual temperature
considered.

The variation of the vapor pressure of a pure com-
pound i with temperature can be obtained in its simplest
(accepted) form as

P{T} = exp{oci — [;:’}, i=AB, (17)

where ¢; and f5; are empiric parameters associated with
compound i (with P3{T} > P%{T}, as required by the
higher volatility of B). Combination of Egs. (8), (16) and



(17) finally yields

1
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The equality of Gibbs free energy for two phases in equilibrium permits derivation of Clapeyron equation, viz.
dp?
AR?*P{T} = TAvj*™® 19
(). 19)

where Ah{*® and Av{®® are the enthalpy change and volume change of vaporization, respectively, of compound i.
Recalling the initial assumption that the vapor phase behaves as an ideal gas (which implies that each component is well
described by the ideal gas equation of state) and coupling it with the reasonable assumption that the molar volume of the
liquid phase is negligible when compared with that of the vapor phase, one gets

ATy = — R lsz/;}T . 2
which, combined with Eq. (17), becomes
AR{*® = Rp; (21)
also known as Clausius-Clapeyron equation (Smith and van Ness, 1987).
The overall molar balance to the RS system can be written as
Nyt = Np + Ny, (22)

where N, is the total number of moles in the system, and N; and N are the total numbers of moles (of both A and B) in
the liquid and vapor phases, respectively. Assuming that the inlet to the integrated system is pure A at temperature T°,
then the total enthalpy change due to reaction, AH™", is given by

AH™{T} = Nyoil(T — T°) + (Npxp + NyypAR{T’}, (23)

where ¢ (which is assumed to be independent of temperature) is the (molar) specific heat capacity of reactant A (which,
for that matter, is equal to that of B) at the aforementioned temperature, and where the simplifying assumption that the
enthalpy change of reaction is virtually independent of temperature was again considered. Combination of Egs. (3), (10),
(13), (18), (22) and (23) finally leads to the following expression for the total enthalpy change between initial loading and
final attainment of equilibrium

AH™ o, (L= V)exp (AT} /Rjexp { — AW'{T'}/RT}AN{T")
N A D e (AS{T%) R)exp { — AWP{T7}/RT)

CV exp (o — 2+ AS{T*) [Ryexp { — (B5 — Ba + AR T}/R) T} AR'(T")

, 24
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where the fractional degree of vaporization, {y, is given by
Ny
= 25
v N 29

and where again the assumption that the molar heat capacity at the reference conditions is essentially constant within
the temperature range of interest was taken.
On the other hand, the total enthalpy change due to vaporization, AH"?, is given by

AH"{T} = Ny(y ARP + ypAhyP), (26)

where advantage was taken from the nil enthalpy change of mixing that is a characteristic of ideal solutions. Upon
combination of Egs. (13) and (21), Eq. (26) becomes

AH"™{T} = Ny R(fs + (B4 — Bs)ya) (27)
which, in view of Eq. (18), can be algebraically rearranged to read

AHYP{T} ¢ R(ﬁA + Bgexp {oag — oy + As{ T} /Rlexp{ — (Bs — B4 + Ahe{Te}/R)/T}>
Nt Y 1+ exp {5 — oy + As’{T°}/R}exp{ — (B3 — fa + AR°{T°}/R)/T}

(28)



The overall enthalpy balance will, as a result of imposing the isenthalpic condition, take the following form:
AH™{T} + AH**{T} =0 (29)
Hence, combination of Egs. (24), (28) and (29) leads to

(1 — {V)exp {As”{T?}/R}exp { — AR*{T®}/RT}AR®{ T}
1 + exp {As’{T°}/R}exp { — AW’{T°}/RT}

(T —T% +

N (V(RB4 + (AR{T"} + RBglexp {op — aq + As{T’}/R}exp{ — (B — B4 + AR{T°}/R)/T}

=0 30
1+ exp {op — oy + As’{T?}/R}exp{ — (Bs — B4 + AW’{T°}/R)/T} (30
and solution of Eq. (30) with respect to {y finally gives
exp{As*}lexp{ — Ah*/T*}
¥T* — 1
il )+ 1 + exp{As*}exp{ — Ah*/T*}
= (31

exp{As*}exp{ — Ah*/T*} (B% + (Ah* + Bh)exp{oap — ay + As*}exp{ — (B — p% + Ah*)/T*})
1 + exp{As*lexp{ — Ah*/T*} AR*(1 + exp{og — oy + As*}exp{ — (B5 — B4 + Ah*)/T*})

where the parameters used are defined as

c@ T6'
=" (32)
A 0
Agt = A (33)
R
AR®
Ah* = 34
RT? (34)
r=t i—aB 69)
and
T
T = . (36)

Since there is one degree of freedom left (i.e. the temperature, T*), then this can be used as predictor in an optimization
procedure after having selected as objective function the total amount of B recovered in the gaseous outlet, viz.

d(Cyys)
dT*

=0 (37)

which may be applied after combination of Egs. (13), (18) and (31), i.e. to

<CW* )4 _CsplAStexpl — AR/ T > ( exp{ — ot + As*}exp{ — (B — B + M) T} )
1 + exp{As*}exp{ — Ah*/T*} ) \(1 + exp{ap — o4 + As*}exp{ — (B5 — B + Ah*)/T*}
exp{As*}exp{ — Ah*/T*} (B + (AR* + Bhexpl{op — oq + As*exp{ — (B5 — B4 + Ah*)/T*})
1 + exp{As*}exp{ — Ah*/T*} B Ah*(1 + exp{op — o4 + As*jexp{ — (BF — B + Ah*)/T*})

{vyp=

(38)

Plots of {yp as a function of T* are available in Fig. 2 for different values of K, where K., was calculated by means of
the dimensionless counterpart of Eq. (8) through manipulation of AH. Parameters c 4, a4, o5, f4, P, Ah and As used in
the calculations were given values typically found in the literature (e.g. Perry, 1984) so as to guarantee both the
applicability of the derivation and the validity of the assumptions made, i.e. P > P% (product B more volatile than
reactant A) and AH < 0 (exothermic reaction).



0.020

0015 [
WY, 0010 |
0.005 [
4
0.000
1.0 1.5 2.0 2.5
T

Fig. 2. Plot of the fractional recovery, (yyp vs. the absolute temperature, T%*, for the RS configuration, for c, =51J/(mol K),
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2.2. Sequential reaction and separation

Consider now the R + S configuration where the reaction depicted as Eq. (1) (and assumed to be exothermic, as
before) is carried out in a reactor followed by a separator. In this case, the total enthalpy change due to reaction, AH™, is
given by

AH™{T} = Noz4 AR{T"}, (39)

where the inlet and outlet streams are at the reference temperature T°. Here z, denotes the mole fraction of A in the
(liquid) outlet of the reactor, so it is given by

1

T 1+ K (T “0)

Z4
as an analog of Eq. (4), since the conversion of the reactant into product is limited by the equilibrium conditions.
Substitution of Eq. (40) in Eq. (39) then gives

AR{T®)

Aern TG =N, — v J
{ } loll + Keq{Te}’

(41)
where AH™ is explicitly taken as a constant because it depends only on T which, in view of the isothermal behavior
assumed in the reactor, is equal to T’. The heat generated in the reactor, as given by Eq. (41), is used in the separator (i) to
increase the temperature of the inlet stream from T? to its outlet temperature, T, (ii) to evaporate part of reactant A, and
(iii) to evaporate part of product B. The heat necessary to accomplish such tasks, AH®*P, is thus given by

AH**® = N o(T — T°) + NyAREP(1 — yg) + NyAhyyg, (42)

where advantage was taken from the assumption made before that ¢’ = cj.
Recalling Eq. (21), (42) now becomes

AH*** = N o oi(T — T°) + RNy(B 4 + (B — Pa)Vs). (43)
Recalling the assumption of overall adiabatic processing, then
AH™" + AH**® = 0 (44)

Substitution of Egs. (25), (39) and (43) in Eq. (44) leads to

_ (T — T) — AWz,
= R{f+— Bays + Bsys} “3)

which, upon algebraic manipulation and combination with Egs. (32)—(36), gives
o AR T — 2
T B+ (B Bie

(46)



where substitution of z, by Eq. (40) gives

_ARF{cH(1 + K {TH(1 — T*) — 1}

VT K T + B — B “
and where K., is calculated from the dimensionless counterpart of Eq. (8), viz.

K. {T’} = exp{As*}exp{ — Ah*T*} (48)
The molar balance to component A in the separator can be written as

Nioza = Npxq+ Nyya, (49)

where N and Ny are the total number of moles (of both A and B) in the liquid phase and in the vapor phase, respectively,
at any time and N, is given by Eq. (22).
Recalling Eq. (25) and combining it with Egs. (22) and (49), one may write

Ny Zg4 — X4

=N i (50)
" Nt Ya— X4
which, upon solution with respect to z, yields
Zg=X4+ {p(ya — X4) (51)

where x4, the molar fraction of A in the liquid stream, can be expressed as a function of y,, P% and Pg through algebraic
manipulation of Eq. (15), using Egs. (17), (35) and (36), viz.

yaexploag — i/ T*}

4 xplaa — BT T yalexplan — Fi/ T — explas — FalT™)) 2
Substitution of Eq. (52) in Eq. (51) then gives
e {exp{ag BT+ Lo — BT~ splen /T .
exp{op — BE/T*} + yplexploy — p%/T*} — explop — B3/ T*})
From combination of Eqgs. (40) and (53), one obtains, after simplification, a quadratic equation in yg, viz.
Ciexplog — B4/ T*) — explop — B/ T*)}(1 + Keg{ T*}yE
+ {Keq explog — B/ T) + exploq — Bi/T™)
— Cplexplog — B/ T*) — explap — B/ T*N1 + Keg)}va
— Koo { T"}explo — Bi/T*) = 0 (54)

Solution of this expression with respect to yp then gives
— Keg{ T"}exp (o5 — B/ T*) — exp (o4 — B/ T*) + GAL + Keg{ T°}) {exploey — B3/ T*) — explos — B/ T*)}

+ \/{Keq{Te}eXp (ot — B/ T*) + exp (o, — B/ T*) — L1 + Keg{ T"Dlexpley — B3/ T*) — explog — B/ T*)1}2

+ 4 explog — B/ T*)Kegt T}y [exploy — BE/T*) — exploy — B/ T*I(1 + Ko { T"))
20(1 + Keg{ T"}){exploy — B5/T*) — explog — B/ T*);

VB =
(55)

where only the plus sign was considered because the minus sign yielded mole fractions of B, in the vapor phase, above
unity. An explicit expression for {;; can now be obtained by substitution of Eq. (55) in Eq. (47). Plots of {yp as a function
of T* are available in Fig. 3 for different values of K., where K., was calculated by means of Eq. (48) through
manipulation of AH. Parameters ¢ 4, 0.4, 05, 4, P, Ah and As used in the calculations were given values typically found
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in the literature (e.g. Perry, 1984) so as to guarantee both
the applicability of the derivation and the validity of the
assumptions made, i.e. Pz > P (product B more volatile
than reactant A) and AH < 0 (exothermic reaction).

3. Discussion

In this work, the two alternative configurations depic-
ted in Fig. 1 were considered: (a) the integrated RS
configuration, where reaction and separation (via vapor-
ization) occur simultaneously; and (b) the R + S config-
uration, where separation (also via vaporization) occurs
after reaction has taken place. In both situations the
overall system was assumed to be perfectly isolated,
which means that all the heat generated in the (exother-
mic) reaction step was used in the vaporization of both
A and B in the separation step. For the sake of
physicochemical feasibility, enthalpy change of reaction
was assumed to take negative values. Also, and in order
for the separation via vaporization be effective, the prod-
uct (B) was considered to be more volatile than the
reactant (A), i.e. parameters « and f§ used in Eq. (17) for
each compound were chosen so that the vapor pressure
of the product is higher than the vapor pressure of the
reactant at every temperature of interest.

Both configurations were assumed to depart from the
same initial load of reactant at the same temperature and,
as they do not exchange energy or mass in any form with
the surroundings, the final states would be expected to
coincide from a thermodynamic point of view, with con-
sequent lack of relative advantage of the integration
approach with respect to the unit operation approach, as
emphasized elsewhere by Paiva and Malcata (1997a).
However, it should be noted that while the RS configura-

tion is operated reversibly (so a true equilibrium is al-
lowed to be reached for the chemical reaction and phase
change processes), the same does not hold for the R + S
configuration because no vapor is allowed to form in the
reactor unit where only reaction equilibrium is assumed
to be attained; furthermore, even if a tiny bubble
would form to ensure liquid/vapor equilibrium, the reac-
tion would not be allowed to proceed in the separator
unit (owing to absence of catalyst or excessively short
average residence time), which then would prevent a true
thermodynamic equilibrium to be reached in the R + S
system.

Comparison of performance of the two configurations
was then made in terms of the temperature at which the
maximum recovery of product in the vapor phase ({yy3)
at the outlet of the RS and R + S configurations occurs,
for five orders of magnitude of the equilibrium constant. In
fact, the problem tackled leads, as shown, to one degree of
freedom (i.e. temperature), a realization that is in agree-
ment with Gibbs phase rule and Duhem theorem (Smith
and van Ness, 1987). As a matter of fact, in both configura-
tions considered, there are two compounds, two phases
and one chemical reaction, which leads to one intensive
degree of freedom; on the other hand, given the initial
amounts of each compound, there are (invariably) two
total degrees of freedom, which in our case (and due to the
rationale above) implies that one of them must be exten-
sive. Since an extra enthalpy balance was considered,
then such extensive degree of freedom (accounted in our
case by, say, the total number of moles in the vapor phase
Ny) could be removed and only one intensive degree of
freedom (i.e. temperature) was eventually left. In practical
terms, temperature may alternatively be controlled via
control of overall pressure in the system.

When the integrated RS configuration is considered,
one concludes from inspection of Fig. 2 that there is
always a temperature value for which a local maximum
degree of recovery of product B in the vapor phase is
attained. Recalling that the actual values of temperature
were previously normalized by 298 K in order to produce
the axis label in the plot, one can see that the maximum
recovery of product (which ranges from 0.007 to 0.019
when the equilibrium constant ranges from 0.001 to 100)
occurs always at economically feasible temperatures
(ranging from ca. 387 to 626 K, respectively) and depends
strongly on the extent of reaction: for smaller values of
Ko, (Cvyp)op: 18 lower and T, is also lower. The reason
why increases in K., in the integrated configuration
promote a positive shift of such optimum is a conse-
quence of less tight thermodynamic constraints upon the
chemical reaction, which allow temperature (which leads
to unfavourable effects due to the exothermic nature of
the reaction) take higher values.

From inspection of Fig. 3 one can see that, unlike what
happens with the RS configuration, a local maximum of
recovery of product in the vapor stream never occurs. In
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Fig. 4. Plot of the fractional recovery, {yyg, vs. the absolute temper-
ature, T*, for the RS (thick lines) and R + S (thin lines) configurations,
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this situation, for a similar range of values of the equilib-
rium constant, the curves obtained are in fact limited to
a very narrow range of temperature values due to con-
straints (i.e. maximum values borne by the compounds
before thermal cracking or by the container material
before melting). Inspection of Fig. 3 also indicates that, in
spite of the higher yields of product obtained in the vapor
stream when compared to the ones obtained under the
same conditions in the RS configuration, only for reactions
characterized by K., above, say 10 does the R + S config-
uration provide economically feasible results (measured in
terms of temperature). Such trend may be explained by the
fact that increasing K., leads to increases, not only of the
amount of B produced, but also of the amount of heat
available for vaporization (because the reaction is exother-
mic) and hence of the amount of B recovered as vapor.
A comparison of the objective function {yyp as a func-
tion of T* for both configurations RS and R + S for
values of K., of 10 and 100 can be seen in Fig. 4 where,
for the sake of easier perception, a semilog scale was used.
From inspection of this plot one can see that, although
for the RS configuration the temperatures at which the
maximum in the objective function is achieved are lower,
such maximum is much below that of the values that can
be attained using the R + S configuration at the same
temperatures. Moreover, slightly higher temperatures
can lead to almost full recoveries, therefore making the
use of the R + S configuration very interesting (the more
interesting the higher the K., of the reaction under study,
since temperatures are shifted towards lower values).

4. Conclusions

The previous considerations have indicated that: (i) the
optimum product recovery occurs at lower (and phys-

ically realizable) temperatures in the case of integrated
reaction and separation; (ii) the equilibrium constant
plays an important role in discriminating between the RS
and the R + S configurations; (iii) an increase in K, pro-
motes a shift of the optimum temperature to higher
values in the case of the integrated approach; (iv) an
increase in K., promotes a shift of the optimum temper-
ature to lower values in the case of the sequential ap-
proach; and (v) the sequential configuration provides
better results (in both economics of the process and recov-
ery of product) for high values of K, (say, greater than 10).
If the likely more common situation of a dilute reac-
tion system were considered, e.g. a reversible reaction
with two reactants (A and D) and one product (B), then
the results obtained would strongly depend on the rela-
tive volatilities of the components involved. If one con-
siders that reactant D is much less volatile than A, then
the difference between the RS and the R + S configura-
tions (assuming that once again one wanted to maximize
recovery of product B) would be less apparent owing to
the damping volatility effect of the other reactant (A).

Notation

A substrate, Dimensionless

B product, Dimensionless

¢ specific heat capacity of component i,
Jmol ' K™!

K¢y equilibrium constant, Dimensionless

N number of moles, mol

P absolute pressure, Pa

Py saturation pressure of pure component i, Pa

R ideal gas constant, J mol ' K !

R reactor, Dimensionless

RS integrated reaction and separation, dimensionless

R + S sequential reaction and separation, dimensionless

S separator, Dimensionless

T temperature, K

X; molar fraction of component i in the liquid
phase, Dimensionless

Vi molar fraction of component i in the vapor
phase, Dimensionless

zZ; molar fraction of component i in the inlet liquid

phases to the separator, Dimensionless

Greek letters

o empiric parameter associated with component i,
Dimensionless

B empiric parameter associated with component i, K

Ag molar Gibb’s free energy of reaction, J mol *

AH enthalpy change, J
Ah specific enthalpy change, J mol ™!

As specific entropy change of reaction, J mol ~! K ™!
Av specific volume change, m® mol !
% fractional degree of vaporization, Dimensionless



Supercripts

rXxn reaction

a saturation conditions

0 reference conditions

vap vaporization

* dimensionless parameter
Subscripts

A reactant

B product

eq equilibrium conditions

i generic component (i = A,B)
L liquid phase

opt optimum conditions

tot total

V vapor phase
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